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To study runaway behavior in autoclave low-density polyethylene (LDPE) reactors, a
kinetic model for a perfectly stirred tank reactor is presented. The kinetic model not only
includes the standard initiation, propagation, and termination reactions for polymeriza-
tion, but it also has free radical reactions that describe the decomposition of ethylene
ultimately leading to a runaway. Dynamic simulation of the model indicates runaway
behavior for the following conditions: excess initiator in feed; feed impurity; feed tem-
perature disturbance; controller failure; and poorly tuned controller. Operating strategies
such as mixed initiator feeds and grade transitions are also explored from a dynamic
view. Stability analysis indicates safe operating limits for certain variables at typical
conditions. The model provides useful insights for preventing runaway reactions in

LDPE autoclaves.

introduction

Low-density polyethylene (LDPE) is a commodity polymer
produced by free-radical polymerization at high pressure. Two
types of processes are commonly used: a tubular process
using a very long, small-diameter tubular reactor, and an au-
toclave process using a well-stirred tank reactor. The two
processes enjoy equal popularity in industrial practice. Run-
away reaction happens less frequently in tubular processes
due to a higher cooling surface area. Thus this article will
focus only on reactor runaway behavior in the autoclave pro-
cess, a pernicious problem that has haunted LDPE producers
since the beginning.

In roughly the same time period as the ICI researchers
Fawcett and Gibson were discovering polyethylene in 1933
(Beasley, 1989), other researchers were discovering the explo-
sive decomposition of cthylene at high pressure (Waterman
and Tulleners, 1931; Egloff and Schaad, 1933). This decom-
position is autoaccelerating because it is an exothermic reac-
tion. Thus, while the high-pressure LDPE reactors can
produce high volume and low-price products, there is an
insidious threat of reactor runaway caused by the decomposi-
tion of ethylene.

Since decomposition or “decomp” occurs over a very small
time interval, for example, one second (Huffman et al., 1974),
there is no practical way to control the high temperature and
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pressure in the reactor once the decomp has started. There-
fore, these reactors are equipped with relief valves that open
at a specified upper pressure limit; the reactor contents, eth-
ylene and by-products, then escape into the atmosphere
where they self-ignite (Martinot, 1984) or are purposely ig-
nited. Although the present focus is on decompositions in the
LDPE reactor, mention should be made of decompositions in
the product separator (Sullivan and Shannon, 1992), ethylene
heater (Bowen, 1983), and pipe lines (McKay et al., 1977;
Worrell, 1979). There are thus safety and environmental is-
sues associated with this runaway problem.

Although there have been numerous publications on mod-
eling LDPE autoclave and tubular reactors (Agrawal, 1975;
Brandolin et al., 1988; Chan et al., 1993; Chen et al., 1976;
Feucht et al., 1985; Goto et al., 1981; Hollar and Ehrlich,
1983; Marini and Georgakis, 1984a,b; Mavridis and Kiparis-
sides, 1985; Shirodkar and Tsien, 1986; Zabisky et al., 1992),
all these articles confine themselves to only polymerization
and polymer molecular structure. With the exception of
Gardner (1975) and Huffman et al. (1974) (linear dynamic
analysis), no attempts have been made to include decomposi-
tion reactions even though experimental evidence indicates
their importance. This exclusion severely limits the useful-
ness of the model in process synthesis, process optimization,
and process control. This situation is, in part, due to the lack
of a fundamental understanding of the decomposition. This
work is the first fo combine polymerization with decomposi-
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tion in order to study the runaway behavior in a nonlinear
dynamical framework.

It has been suggested that hot spots in the reactor initiate
the runaway (Gardner, 1975). These hot spots can be caused
by a number of incidents, some of which are listed in Figure
1. The goal of this article is to develop a kinetic and reactor
model to elucidate the relationship between the incidents in
Figure 1 and the eventual runaway or “decomp.” In this arti-
cle, we will address polymerization and decomposition in a
perfectly mixed tank reactor. Decomposition due to feed im-
purity, feed temperature disturbance, excess initiator, con-
troller failure, poorly tuned controller, or operating policy will
be discussed. Examples with and without decomp will be
compared. It is well known that in some cases LDPE auto-
clave reactors are imperfectly mixed. Decomposition in an
imperfectly mixed reactor, such as by propagation of local
hot spots, will be addressed in the upcoming articles.

Characteristics of the LDPE Autoclave

Some characteristics of the LDPE autoclave reactor (cf.
Figure 2) that may contribute to runaway behavior are:

e The LDPE autoclave has very thick walls because the
reactor is pressurized to around 2,000 atm (Christ! and
Roedel, 1959), so that the reactor can be viewed as an adia-
batic reactor (Christl and Roedel, 1959; Tomura et al., 1978).
This allows the adiabatic temperature rise to be used to cal-
culate steady-state monomer conversion in good agreement
with plant data (Tomura et al., 1978).

e The dependence of the reaction rate on temperature
takes the Arrhenius form and provides good agreement be-
tween model results and experimental data (Chen et al., 1976;
Goto et al.,, 1981; Verros et al., 1993). Thus the reactor sys-
tem is highly nonlinear. Indeed, it has been found (Gardner,
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Figure 2. LDPE autoclave.

The autoclave represents a DuPont type with L/D ratio be-
tween 2 and 4. The reactor cooling is provided by cold, fresh
feed, and the reactor temperature is regulated by initiator
feed concentration.

1975; Hoftyzer and Zwietering, 1961) that up to five steady
states exist in this system.

e Autocatalytic behavior of both the polymerization and
decomposition make this reactor extremely sensitive to tem-
perature disturbances.

e The temperature controller, which operates by manipu-
lating the inlet initiator concentration, does not have much
power in lowering high temperatures because the manipu-
lated variable is constrained by a lower bound of zero. This
discontinuity is an additional nonlinearity of the system. In
addition, a disturbance (e.g., feed temperature) cannot be
fully removed from the system because the compensation of
the disturbance by manipulation of the inlet initiator concen-
tration causes variability in the product properties.

e Most CSTR models (Chan et al.,, 1993; Gardner, 1975;
Hoftyzer and Zwietering, 1961; Marini and Georgakis, 1984a)
indicate an unstable operating point for the production of
LDPE. One article (Marini and Georgakis, 1984a), though,
indicates that imperfect mixing may actually stabilize the op-
erating point.

e The LDPE reactor is operated at high temperatures and
high pressures with vigorous mixing of reactants, The reac-
tion temperature is sometimes close to the runaway boundary
either locally or globaily.

e The only cooling in this system comes from the cold inlet
stream; in addition, the conversion is a function of this tem-
perature difference. To obtain higher conversions, the
steady-state temperature must be higher, indicating that the
inlet stream must be colder to remove the excess heat. But
increasing reactor temperature may move the reactor close to
the unstable boundary.

Because of the design just described the LDPE reactor sys-
tem is operated close to instability, sometimes leading to sud-
den runaway.

Thermat Decomposition of Ethylene

At high temperatures, 300-600°C, ethylene decomposes
into hydrogen, carbon, methane, and by-products including
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Table 1. Studies of Ethylene Decomposition

Comments

Products Reference

C,CH,, H,, Towell and Martin, 1961

C,H,, C,H,

C, CH,, H,, Egloff and Schaad, 1933

olefins

C,CH,, H,, Watanabe et al., 1972

C2 H6’ CZHZ

C,CH,, H, Gardner, 1975; Huffman et al., 1974

C,CH,, H, Scott et al., 1965

CZHG

C,CH,.H, Waterman and Tulleners, 1931

CsHg

C,CH,, H, Britton et al., 1986

CeHg
Luft and Neumann, 1978; Neumann and
Luft, 1973

C, gas not Zimmermann and Luft, 1994; Bonsel and

analyzed Luft, 1995

200-1,400°C, atmospheric pressure, H, dominant product with sub-
stantial amount of C present

30~460°C, moderate pressure (50 atm); relative amounts of products
not reported because autoclave leaked; only residual gas was ana-
lyzed

100-1,500 atm, selectivity of products as function of temperature, C
and CH, dominant products

200-2,000°C, 1,400-7,000 atm, theoretical calculations conclude that
C and CH,, not H,, are the dominant products

Near room temperature and 200-3,000 atm; report decomposition
equation that shows dominant products are C and CH, with a small
but significant amount of H,

20~400°C, 5-200 atm; mostly C, CH,, some H,

Discussed causes and prevention of ethylene decomposition; model
proposed for pressure and temperature calculation

40-330°C and 20-2,000 atm; decomp threshold temperature de-
creases with increasing pressure; maximum decomp pressure in-
creases with initial density

25-350°C and 500~4,000 atm; determined decomp limits under both
local initiation and spontaneous thermal decomposition; measured
decomp reaction rate

acetylene, ethane, and other low-saturated and unsaturated
hydrocarbons (Laidler and Loucks,” 1972; Hucknall, 1985;
Miller, 1969; Tanzawa and Gardiner, 1980). At the high-pres-
sure and high-temperature conditions of typical LDPE auto-
clave reactors, it is believed the dominant products are
methane and carbon with a small but significant portion of
hydrogen and possibly ethane. Any kinetic scheme that at-
tempts to describe the decomposition must therefore account
for the production of these products. Table 1 summarizes
some important experimental and theoretical works on eth-
ylene decomposition. Most of these studies start the decom-
position with some ignition source or catalyst. These methods
support the theory that hot spots are responsible for decom-
position in LDPE autoclaves. The hot spots could be caused
by mechanical friction (ignition source) and feed impurities
such as acetylene (catalyst).

Decompositions are known to occur sporadically in LDPE
autoclaves. The decomposition releases about 30.2 kcal/mol
of heat. Because of the autoaccelerating and adiabatic nature
of these reactors, once initiated these decompositions cause a
runaway—with both a temperature and pressure spike—in a
matter of seconds (Huffman et al., 1974; Iwasaki et al., 1987),
that is, there is no time for the inlet flow to inhibit the run-
away as long as the residence time of the reactor is on the
order of 15 s to 2 min. These runaways cannot be predicted,
and thus LDPE reactors are fitted with relief vaives in order
to vent the products of the decomposition and prevent the
reactor from bursting.

Kinetics and Reactor Design

This kinetic scheme used here, Table 2, reflects the basic
understanding of the initiation, propagation, and termination
reactions of the polymerization, as well as a set of decomp
reactions all taking place in a perfectly stirred tank reactor,
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Table 3. The goal here is to use these kinetics to develop an
understanding of the runaway behavior in the LDPE system.
The major attributes of this scheme include:

e The set of reactions for the polymerization represent the
simplest scheme that retains the essential nonlinear kinetic
behavior.

o The set of reactions presented for the decomp, although
complex, seem to represent the available experimental data
adequately (Watanabe et al., 1972). They are also consistent
with the accepted free-radical path for decomposition (Lai-
dler and Loucks, 1972; Benson and Haugen, 1967).

e The quasi-steady-state assumption for each of the radi-
cal concentrations is used.

e The decomp kinetics take the form presented by Watan-
abe et al. (1972) and predict the major products as C, CH,,
H,, and C,H,, which is consistent with the experimental ob-
servations.

* The main sources of heat are the exothermic propaga-
tion and the decomposition of ethylene.

e This scheme ignores the production of higher olefins,
which are small quantity by-products.

e There appear to be many kinetic parameters to choose
in this decomp scheme. However, after proper simplification,
there are only two independent parameters to be deter-
mined; they are determined from experimental observations.

Decomp kinetic scheme

A comprehensive ethylene decomposition kinetic scheme
was proposed by Huffman et al. (1974). They also provided
kinetic rate constants based on parameter values reported in
the open literature. However, the rate constants for different
kinetic steps were obtained from different authors, under dif-
ferent experimental conditions, and with different assump-
tions. As a result, the rate constants are not self-consistent
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Table 2. Summary of Polymerization and Decomposition Kinetics*

Name Reaction Rate Rate Using QSSA
Polymerization
Initiation I-2R- 2k 1] 2 fk 41}
Initiation 2C,H, - 2R- 2gk IC,H,T? 2gk,[C,H, P
Propagation M+R: - R- k [M][R ] k [M]F =
Termination R-+R- —>P /f’,,,[R-]2 k,,F2
Decomposition
Initiation 2M - C,H;- +C,H;,- kM2 k,[M]?
Propagation C,H;- = M+H- kolC,Hy - ] k,5IMIH -] k, A — k5 [IMID®
Propagation C,H;-+M->C,H +C,H,- k;y[C,Hs- ][M] kyAM]
Propagation H-+C,H,—»H, +C,H;- kyH-1M] ky D[M]
Propagation C,H;- - C* +CH;- ks[C,H, -] k Bt
Propagation CH;-+C,H, »>CH,+C,H;- kolCH; - [IM] ke E'"[M]
Termination 2CH;- - C,H; k,[CH,- %IE?
Termination CH,-+C,H,- - C,H, +CH, ks[C2H3-][CH3-] kBE
Termination 2C,H,- - C,H, +C,H, ko[C,H4 -T2 kB2

*The decomposition scheme is due to Watanabe et al. (1972).
fle 11+ gk [C,H, 1 | V2
ktC

kyM2(ky + ky)
T koka + koMK + kg)
k 1k, M
k 2ky+ K k M+ k3k M

B—— "/ , the QSS concentration of C,H ;-

o > ﬁ the QSS concentration of CH ;-

Mk = k7= kg= kg, assumption of equal termination rate constants.

**F=

P the QSS concentration of C,H -

tp

, the QSS concentration of H-

within the proposed kinetic scheme. Initial attempts to use
Huffman’s kinetic scheme and parameters were not success-
ful in representing the experimental observations of ethylene
decomposition. Because there are many independent param-
eters to be determined for the full decomp model and there
are few experimental results available in the literature, it is
not possible to determine all the rate constants from experi-
mental data.

For these reasons, a simplified decomp kinetic scheme with
a minimum number of independent kinetic parameters is
used. The simplified ethylene decomp kinetic scheme is pre-
sented in Table 4. This kinetic scheme includes the important
kinetic mechanisms that produce the major decomp products
and is based on the scheme originally proposed by Watanabe
et al. (1972).

Even with the simplified decomp kinetic scheme, there are
still many rate constants that need to be determined before
the decomp model can be used for simulation. However, there
is not a consistent set of kinetic rate constants available in
the literature, and the data from different sources have sig-

Table 3. Reactor Design and Operation

, the QSS concentration of free radicals formed by initiator and impurity.

nificant inconsistencies. Thus, it is necessary to further sim-
plify the decomp kinetic scheme and reduce the number of
independent parameters.

There are four radicals involved in our simplified ethylene
decomp kinetic scheme, C,H;-, C,H;-, CH,- and H-. They
can be expressed in analytical form by assuming the quasi-
steady-state assumption (QSSA) for their respective balance
equations.

dlC,H; ] _

dr [M]2 kz[csz']

k5[M][H ] - k5[M]IC,Hs+] (1)

Table 4. Ethylene Decomposition Kinetic Scheme

Variable Symbol Value
Volume 14 1,000 L
Residence Time T 75s
Reactor Pressure P 2,000 atm
Feed Conc. of Initiator ¢y 7.5 ppm
Feed Temperature T/ 120°C
Exit Temperature Tg 239°C
Monomer Conversion X, 0.106

Initiation: 2 C2H4LC2H3 ++C,Hs-
C2H5-<k2;k’2>C2H4 +H-

C,H;- +C2H4£>C2H6 +C,H,-
H- +C2H4i>H2 +C,H;-
C2H3-—kS—>C+CH3-

CH;- +C2H4£>CH4 +C,H;-

Propagation:

k
Termination: CH,- +CH,-—>C,H,
k
C,H;- +CH,-—>C,H, +CH,

k
C,H;- +C,H;+—C,H, +C,H,

2914
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dI[C,H;,-
ACH, 1 _ ki IMF + k5 [MI[C,H; -]+ k[MI[H"]

dt
— kg[C,H, 1+ kIMI[CH, -] - k4{C,H-][CH, ]
~kolC,H4 T (D
d[CH,-] 5
—— = ks[CHy - kIMI[CH, ] - k,[CH,-]
- kg[CZHs '][CH3 ’] (3)
d[H-]
—;7—=kﬂC2HSJ—kﬂMMCH3J—deJ. )
From Egs. 1 and 4, [C,H,-] and [H-] are given by
kMK, + ky)
[C;H;s 1= Kok + Koky M+ kyky[M] ®)
kyk,[M]
= e T kMl + koMl ©

Following Watanabe et al. (1972), if the termination rate con-
stants k,, kg, and kg are assumed to have the equal value k,,
Egs. 2 and 3 can be simplified as

2k,[MP— k,([C,H;+]+[CH,-D* = 0. )
Since C and CH, are the dominant decomp products, the
kinetic steps producing them should be the dominant kinetic

steps. Further, assuming [C,H;-] and [CH;-] to have equal
values, the preceding equation becomes

IM] [2k
[CoH, 1=[CHyl= — ] — .

3 X ®

The rates of generation of decomp products are then given
by the following equations:

d[C] _ B ke [2k, ,
o " hlCaHal= 5y = M ©
d[CH,]
g7 =k [MI[CH, ]+ kg[C,H;-1[CH;-]
_ kl k6 2k1 >
'(7*‘2" % | (10)
d[C.H 3
_[dzt—d = k3[M][C2H5 '] + k7[CH3 -]2 = Ekl[M]z (11)
dlC,H
[ ;t 2] = k3[C2H3 '][CH3 '] + kg[C2H3 ']2 = kl[M]z.

(12)

Thus, the decomp products generation rates consist of two
parts: k;[MJ?, corresponding to ethylene decomposition into

radicals, and k¢/2 y/(2k,/k,) [MF, representing the con-
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sumption of ethylene through propagation steps. With the
simplified decomp scheme, there are only two independent
rate constants that need to be determined: &, and kgk; *°.
They can be determined from two pieces of information: the
crossing temperature of the decomp reaction rate with the
polymerization rate and the decomp products distribution at
a specified temperature. In this article, the crossing tempera-
ture is chosen to be 310°C. This choice is based on the fact
that the decomp reaction happens at about 330°C when cata-
lyst exists and about 400°C without catalyst (Waterman and
Tulleners, 1931). The decomp product distributions are based
on the average of the experimental results of Watanabe et al.
(1972).

Polymerization kinetics

The general kinetic scheme of free-radical polymerization
has been proposed for both homopolymerization and copoly-
merization (Arriola, 1989). This scheme allows the prediction
of polymer chain-length distributions as well as copolymer
composition and sequence chain length. Since under the pos-
sible decomp conditions, polymer products’ molecular struc-
ture, such as molecular weight distribution and copolymer
composition, becomes of less importance than the issue of
reactor safety, only the kinetic steps that influence monomer
conversion and heat of reaction are included in the decomp
model. These reactions include initiation by initiator and im-
purity, propagation, and chain termination. Table 5 shows the
simplified free-radical polymerization kinetic scheme. In the
table, D, , refers to dead polymer with chain length n and
trifunctional branching points b; P, ,, represents the live
polymer with chain length n, trifunctional branching points
b, and end group of type i. The kinetic parameters for poly-
merization and decomposition reactions are listed in Table 6.

Material and energy balances

The reactor model assumes a well-mixed tank reactor with
multiple inlet and outlet streams available. The model is writ-
ten in a very general way such that different reaction media,
outflow types, and thermal conditions can be modeled as spe-
cial cases of the general model. The balance equations of the
tank reactor include:

e Material balances for monomer, polymer, decomp prod-
ucts, and other nonpolymer species.

Table 5. Simplified Kinetics of Free-Radical Polymerization

Initiation: &
. d
Peroxide or azo-compound I—2R-
decomposition Rt Py,
. c 8gk;
Special Initiation: C+M—P,
Propagation: .
Forward and reverse Popy+M <—p>P,, +Lb
Termination: .
. fc
By coup]mg Pn,b +Pm,c Dn +mb+c
. . . d
By disproportionation P.v+ P, —'——»Dn’b +D,, .
By inhibition P,+X —"—»D,,’ b
ktsp
Spontaneous P, ,—D,,
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Table 6. Kinetic Parameters™

kO Ea Va**

Reaction (1/mol-s) (cal/mol) (cal /atm - mol) Reference
DTBP &, 1.81x10% 38,400 0.0605 Chen et al,, 1976
TBPA ky, 2.83x10% 34,584 0.0605 Doak, 1986

Acetylene & ;3 2.944x 1010 16,828 0.0 Gay et al., 1965
» 1.14 x 107 7,09 —0.477 Chen et al., 1976

k. 3.00x10° 2,400 0.3147 Chen et al., 1976

k, 4.003x 10 65,000 —0.1937 This work

kok, 03 1.587x 1020 65,000 0.32185 This work
AH . — 24,000 (cal /gmol) Chen et al., 1976
AHgecomp —30,200 (cal /gmol) Huffman et al., 1974

*Rate constants are expressed in generalized Arrhenius form (k = kgexp(—(E, + V,P)/RT)).

**1 can be expressed in cm® by using conversion factor 41.293.

e An energy balance for the continuous tank reactor.

Physical Properties. The reactor contents are treated as a
single-phase mixture with only monomer, polymer, solvent
(here monomer), and decomp products considered to have
significant volume. Other species, such as initiator, impurity,
and inhibitor, exist only in trace amounts and have negligible
volume contribution.

Component densities and heat capacities are polynomial
functions of reactor temperature and pressure.

3
Y d, Pt (13)

3
k
pi=ppt X cuTF+
k=1 k=1

C, =C, +b,T. a4

The reacting mixture properties are calculated from the in-
dividual component physical properties assuming volume ad-
ditivity

(15)

(16)

where N is number of components with significant volume
contributions.

Material Balance. A total material balance around the
well-mixed reactor yields

d(Vp)
dt

= Qinpin — QP, (17)

where p is the density of reacting mixture at the reactor
temperature, pressure, and mixture composition. Assuming
volume additivity of all the components having significant
volume, the total material balance becomes

v Qi ap Ny dp,
0+ S -2 T r
dt p dt ;= pf dP
Nop N,
1 dw, dT 27 w; dp;
+Vp Y, ——-Vp— Y ——. (18)
o P dt dt /= pf dT
2916 October 1996

The fraction monomer conversion X, is defined as the
fraction of monomer units being converted into polymer over
the total amount of monomer units in the reactor, which in-
cludes both monomers and polymers:

(P]

TR TR 19

The balance equation for monomer conversion in a CSTR
is

d[vo(1-Ws - SX W, )1~ X,)]
dt

N
=Qmpi"(l—W5m" Z WDl:l)(l_X;Jn)
i=1

N
—Qp(l—WS— Yy WD,_)(I—XP)—VMWMRP. (20)

i=1

The balance equations for nonpolymer species in the tank
reactor are given by:

e Initiator

i QZZin(WGi"—WG)—fkdu’z- 1)
e Solvent
d—? = Qvf, (W™ = We). 22)
® Decomp products
ff% - iVn’; " (W —Wp,)— Ry, . (23)
e Inhibitor
% - QZ W Wk W R]. (24)
Vol. 42, No. 10 AIChE Journal



Energy Balance. The generalized total energy balance
around the well-mixed tank reactor is

d(Vpe)  dT o
+ — - ()in,ingin __
7 I Q"p"e’” — Qpe

+E,

input

+V(R,AH,, 1y + RyAHyecomp), (25)

oly

where ¢ is the reactor wall heat capacity and e is the en-
thalpy of reaction mixture per unit mass:

T
e= fT c,dT (26)

Tef

Controller design

As is common in industrial LDPE reactors (Gemassmer,
1978), a feedback controller is used to regulate reactor tem-
perature by manipulating the inlet concentration of initiator.
As mentioned in Gemassmer (1978), there also may be a
pressure controller on this reactor manipulating the outlet
flow to keep the pressure at its set point. Although the pres-
sure control is important, in the model presented here, pres-
sure is assumed constant until a temperature runaway occurs,
at which time a decomp is assumed and the simulation ended.

Commonly, LDPE operation at high temperatures has only
a small stable region without feedback control. In this article,
though, a high-temperature stable operating point was found.
This enabled a linear-process model, valid only in a small
region around the operating point, 1o be identified via an
open-loop step input change. The process model in the
Laplace domain is

(=220 @
Y=gt

where y(s) is the output (temperature deviation), u(s) is the
input (initiator feed rate), and s is a complex variable. The
gain is very large, mainly because the manipulated variable is
in parts per million (ppm) by weight concentration. The other
variable of concern is the time constant, which is very large
(457 s). As mentioned before, runaways in this reactor hap-
pen in approximately one second. Thus, this “sluggish” time
constant is a possible source of problems.

Because the model has no time delay, conventional tuning
methods such as Ziegler—Nichols cannot be used. Therefore,
the controller parameters are obtained from dynamic simula-
tion with the linearized model (Eq. 27). The controller is
tuned so that there is a quick rise to the set point with very
little overshoot. The following controller constants are ob-
tained

1
—=1.0x10"2 (28)
Tr

K, =1.0x107%,

for the continuous PI controller. For the P controller, K will
be the same as Eq. 28. The closed-loop under P control is not
as effective as the PI control, as it exhibits offset. Neverthe-
less, the controlled response was deemed adequate. The Pi
controller setting will produce a closed-loop response that has
some overshoot with very rapid setpoint tracking.
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Reactor design

The reactor studied is a perfectly mixed continuous
stirred-tank reactor (CSTR). The reactor is operated in adia-
batic mode, with cooling provided solely by cold, fresh feed.
A feedback P or PI controller is used to regulate reactor tem-
perature by manipulating the initiator feed concentration.
The reactor design and operating parameters represent typi-
cal values encountered in industrial practice (Table 3).

Numerical Solution

The material and energy balances and equations resulting
from recycle streams are represented by a set of differential
and algebraic equations (DAEs). These equations, which can
be written as

F(x,%,0,1)=0 (29)

implicitly describe the relationship between the state, x, time
derivative of the state, ¥, model parameters, @, and time, .
The full set of modeling equations is solved simultaneously
by the differential—algebraic system solver DASSL (Petzold,
1982) for dynamic simulation and by a modified version of
the general continuation package AUTO (Doedel, 1986). Be-
cause of the DAE formulation of the process models, major
modifications of AUTO were required, since AUTO was de-
signed for differential equations. Detailed discussion of mod-
ifications made to AUTO are presented in other articles (Hy-
anek et al., 1995; Zacca et al., 1995).

Results and Discussion

The simulation results consist of two parts: the transient
solution and the steady-state solution. LDPE model simula-
tion to obtain the transient solution is common (Chan et al.,
1993), the difference here being the inclusion of the decom-
position kinetics, which vields a more realistic representation.
In this section, dynamic responses for the LDPE reactor are
given for certain disturbances.

Continuation analysis of the reactor offers important infor-
mation regarding possible steady states and their stability.
Many articles are published on continuation analysis of the
LDPE autoclave (Gardner, 1975; Hoftyzer and Zwietering,
1961). However, all of them included only polymerization in
their models, which significantly limited the predictive power
of their respective models. In this section, some continuation
analyses on important operating parameters are presented
including both polymerization and decomposition Kinetics.

Decomposition and polymerization

It is important to know the relative magnitudes of the poly-
merization and decomposition rates at different tempera-
tures since ethylene is found to undergo polymerization at
typical operating temperatures (below 300°C) but tends to
decompose at elevated temperatures (Bonsel and Luft, 1995).
Figure 3 illustrates the polymerization and decomposition
rates of ethylene as a function of temperature. Polymeriza-
tion dominates in the low-temperature range and decomposi-
tion takes over at higher temperatures. The two reaction rates
cross at about 310°C; it is generally accepted that above 300°C
there is threat of decomposition (Marini and Georgakis,
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Figure 3. Polymerization and decomposition rates.

Polymerization and decomposition rates of ethylene are
shown as functions of temperature. At typical operating
temperatures, polymerization dominates; at clevated tem-
peratures (above 310°C), decomposition of ethylene domi-
nates.

1984a; Bonsel and Luft, 1995) so the crossover of 310°C is
reasonable. So if the reactor can be kept below a certain crit-
ical temperature, the decomp can, in principle, be avoided.
However, as is shown later, it is not easy to maintain a steady
reaction temperature due to a fast reaction rate, a short resi-
dence time, and no external cooling. Local areas of high tem-
perature or hot spots can also be caused by imperfect mixing
and can propagate through the reactor and result in a global
decomp.

Figure 4 compares the consumption rate of ethylene and
the generation rate of decomp products as functions of eth-
ylene fugacity at 410°C. The results from the present model
are compared with the experimental results from Watanabe
et al. (1972), and good agreement is observed. The normal-
ized reaction rates for ethylene, methane, carbon, and ethane
are proportional to the square of ethylene fugacity, indicating
an apparent second-order reaction rate with respect to
ethylene concentration. This is consistent with our proposed
kinetic scheme (Egs. 9-12).

Figure S shows the open-loop response of the LDPE reac-
tor when subjected to a step increase in initiator feed con-
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Figure 4. Comparison with decomp experimental re-
sults.

The consumption rate of ethylene and the production rate
of decomp products as functions of ethylene fugacity are
compared with experimental results from Watanabe et al.
(1972). The reaction rate is normalized with respect to the
production rate of carbon at a fugacity of 109.5 bar.
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Figure 5. Reactor dynamics with and without the de-

comp reaction.

Dynamic responses of the LDPE autoclave to a feed dis-
turbance with and without decomposition reactions are
shown. The disturbance is a step change in initiator concen-
tration from 7.3 ppm to 8.0 ppm.

centration from 7.3 ppm to 8.0 ppm. When only the ethylene
polymerization is included, reactor temperature increases
slightly to about 250°C and settles down at a new steady state;
there is no reactor runaway. However, if both decomp and
polymerization schemes are included in the model, a 0.7-ppm
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Figure 6. Decomp product distribution.

(a) Decomp product distribution during a runaway reaction
in an LDPE autoclave. The decomp products’ distribution is
in good agreement with experimental observations
(Watanabe et al.,, 1972). Methane, carbon, and hydrogen are
the major decomp products with a minor amount of ethane.
(b) The corresponding temperature response during the de-
comp.
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increase in the initiator feed will eventually lead to a reactor
runaway. This result suggests that the LDPE autoclave is op-
erated close to instability. Some kind of control strategy is
needed for stable and safe operation.

Decomp products distribution

Figure 6 shows the major decomp products distribution
during a decomposition or runaway in an LDPE autoclave.
Methane, carbon, and hydrogen are the major decomp prod-
ucts with a minor amount of C,H4. The decomp products
distribution predicted by the model is in good agreement with
experimental observations (Watanabe et al.,, 1972). The dra-
matic temperature increase happens in a few seconds during
the runaway, which is also consistent with experiments.

Inlet initiator concentration

Figure 7 compares the reactor steady-state temperature as
a function of inlet initiator concentration with and without
decomp kinetics in the model; the initiator is di-fert-butyl per-
oxide (DTBP). When the decomp reactions are not included
in the model, the temperature continuation diagram has the
typical sigmoidal shape, which is similar to the one commonly
encountered in a nonisothermal CSTR. However, the upper
branch of the continuation diagram is completely different
once the decomp reactions are included. The upper unstable
branch with decomposition reaction included increases in
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Figure 7. Continuation diagram of reactor temperature
vs. initiator feed concentration.
The steady-state reactor temperature is shown as a function
of initiator feed concentration with either decomp or nonde-
comp kinetics in the model. The upper stable branch with
decomp corresponds to the adiabatic temperature rise from
complete decomposition.
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temperature with decreasing inlet initiator concentration. At
high temperatures, the ethylene starts to decompose and the
decomp reactions overcome the polymerization reactions to
become the dominant reaction path; there appears an upper
stable steady state. With ample amount of monomer avail-
able for decomposing into free radicals, there is no need for
additional initiator to sustain the high-temperature steady
state. The upper steady state of 2,200°C is calculated from
the adiabatic temperature rise corresponding to complete
ethylene decomposition.

Based on the continuation diagram, it would be impossible
to try to operate above 300°C at 75-s residence time even
with a controller, since the typical controller manipulated
variable is initiator feed concentration. Once a decomp hap-
pens, the controller is shut off because the decomp reaction
does not need any more initiator to proceed. However, the
opposite conclusion would be drawn if only polymerization is
included in the model. This result suggests the importance of
considering both decomp and polymerization kinetics in do-
ing process analysis, design, and control.

In LDPE production, different initiators are used, depend-
ing on the reactor operating temperature (Luft et al., 1977).
A more reactive (“fast”) initiator is generally used at low
temperatures, while a less reactive (“slow”) initiator is used
at high temperatures. Figure 8 compares the steady-state
temperature for a faster initiator, f-butyl peroxyacetate
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Figure 8. Continuation diagram of temperature vs. inlet
initiator concentration for initiators with differ-
ent decomposition rates.

The steady-state reactor temperature is shown as a function
of initiator feed concentration with decomp kinetics in-
cluded. The second initiator used is r-butyl peroxyacetate
(TBPA), which has a much faster decomposition rate than
DTBP. The reactor inlet temperature and ethylene feed flow
rate are the same for the two different initiators.
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Figure 9. Continuation diagram of mixed initiator.

Steady-state reactor temperature is shown as a function of
total initiator feed concentration. The initiator used is a
mixture of high-temperature initiator DTBP and low-tem-
perature initiator TBPA.

(TBPA), with a slower initiator, DTBP. Since the useful op-
erating temperature is generally near the branch of upper
steady states, it is important to know the stability of these
steady states. The faster initiator (TBPA) tends to have a
wider range of stable steady-state temperatures; the slower
initiator (DTBP) has wider range of low-temperature steady
states, but narrower range of upper steady states because of
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Figure 10. Continuation diagram of reactor temperature
vs. impurity concentration.

(a) The steady-state reactor temperature is shown as a
function of inlet acetylene concentration under both
open-loop and closed-loop conditions. The controller is a
proportional controller. (b) The controller action is shown
as a function of feed impurity.
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the decomp reactions. When the temperature is above 280°C,
the steady states of both initiators approach each other and
move toward zero initiator concentration, indicating the on-
set of decomp reactions. At this point ethylene decomposi-
tion overtakes polymerization as the dominant mechanism.

In many industrial reactors, there are temperature varia-
tions inside the reactor. A mixture of initiators with different
decomposing rates is often used to optimize reactor produc-
tivity. Depending upon the composition of the initiator mix-
ture, the reactor steady states and stability will be different.
Figure 9 follows the steady-state temperature as a function of
total inlet initiator concentration for mixtures of TBPA and
DTBP. As the fraction of slow initiator (DTBP) increases,
the lower stable steady-state temperature moves toward
higher initiator concentration; the range of the upper stable
steady state decreases.

Feed impurity

Small amounts of impurities (e.g., acetylene) can be found
in the reactor feed; they can decompose into free radicals
and induce runaway reactions. Figure 10 shows the influence
of inlet acetylene concentration on the steady-state tempera-
ture under both open- and closed-loop conditions. Without a
controller, very small amounts of acetylene can cause reactor
runaway; but with just a simple P controller, steady-state op-
eration can be achieved even at a much higher acetylene con-
centration. This prediction is confirmed by the dynamic re-
sponse of the system as shown in Figure 11. In the closed-loop
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Figure 11. Effect of feed impurity.

(a) Closed-loop temperature responses to different acet-
ylene levels in the feed. The reactor is under P control. (b)
Responses of the manipulated variable, initiator feed, to
the acetylene disturbance.
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Figure 12. Continuation diagram of reactor temperature
vs. reactor residence time.

The steady-state reactor temperature is shown as a func-
tion of residence time with decomp reactions included. The
initiator used is DTBP, and the figure shows the behavior
of the LDPE system with and without the P-controller.

simulation, the reactor temperature is controlled by manipu-
lating the initiator feed concentration. With only a slight
change in acetylene concentration, the reactor temperature
changes from stable operation to runaway.

Residence time

Due to high reaction rates and limited cooling capacity,
LDPE autoclaves usually have very short residence times,
ranging from 15 s to 2 min (Gemassmer, 1978). Since the
reactor operates in an adiabatic mode and the only cooling is
fresh, cold monomer feed, it is important to study the effects
of residence time on reactor stability. Figure 12 shows the
influence of residence time on steady-state temperature un-
der both open and closed-loop conditions. Under open-loop
conditions, the high-temperature stable steady states only ex-
ist over a narrow residence time range; but once a controller
is used, the reactor can operate with stability at high temper-
ature over a wide residence time range.
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Figure 13. Effect of residence time with mixed initia-
tors.

The steady-state reactor temperature is shown as a func-
tion of residence time at different mixed initiator composi-
tions. The initiator used is a mixture of DTBP and TBPA.
The total initiator feed concentration is the same for dif-
ferent initiator mixture compositions.
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Figure 14. Effect of residence time with mixed initia-
tors.

The steady-state reactor temperature is shown as a func-
tion of residence time at different mixed initiator composi-
tions. The initiator used is a mixture of DTBP and TBPA.
The total initiator feed concentrations are optimized for
different initiator mixture compositions to maintain the
same outlet temperature, 7 = 239°C, at 75 s residence time.

Figure 13 shows the effect of residence time when a mix-
ture of two different initiators is used. The total initiator feed
concentration is kept the same while composition of the mix-
ture changes. As the fraction of slow initiator (DTBP) in-
creases, the upper stable steady state moves toward higher
residence time, while the stable upper temperature decreases
with increasing DTBP fraction. At very high temperatures,
all the curves merge together as the decomp reactions take
over.

If the reactor outlet temperature needs to be fixed at a
certain residence time, then the total initiator feed has to be
changed, keeping the same initiator mixture composition.
Figure 14 presents the case where the outlet temperature at
75-s residence time is the same at different initiator mixture
compositions. The general trend of the curves is similar to
Figure 13, but the upper steady states are almost the same
with different initiator compositions.

Feed temperature

Feed temperature is an important parameter in LDPE au-
toclave operation since the reactor operates adiabatically and
the cold, fresh feed is the sole source of reactor cooling. As a
result, a small variation in feed temperature may potentially
cause a reactor runaway. Figure 15 shows the reactor steady-
state temperature as a function of feed temperature for DTBP
and an equal-by-weight mixture of DTBP and TBPA. The
inlet flow rate and total initiator concentration are kept the
same for both cases. For both types of initiators, the reactor
is unstable over a wide range of feed temperature. For the
slow initiator DTBP, the upper stable branch exists at a higher
feed temperature than when a mixture of DTBP and TBPA
is used. For both initiators, the lower steady states have a
similar inlet and outlet temperature, indicating reaction ex-
tinction.

Figure 16 is similar to Figure 15 except that the total initia-
tor feed concentrations are optimized to maintain the same
exit temperature when the feed temperature is 120°C. Both
initiators seem to have the same unstable upper branches,
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Figure 15. Continuation diagram of reactor temperature
vs. inlet temperature.

Steady-state reactor temperature is shown as a function of
inlet temperature with decomp reactions included. Two
kinds of initiators are used, DTBP and an equal-by-weight
mixture of DTBP and TBPA. The total initiator feed con-
centrations are the same for both cases.

while the DTBP and TBPA mixture has a wider upper stable
temperature range than with DTBP alone. On the other hand,
DTBP has wider low steady-state range.

From Figure 16, if DTBP is the only initiator used, the
reactor will be open-loop stable at 121°C feed temperature,
but unstable when feed temperature is above 125°C. Figure
17 confirms this conclusion. The reactor is able to reach a
new steady state when there is a step increase in feed tem-
perature to 121°C, but has a runaway reaction if the feed
temperature is changed to 125°C or 130°C.

Feed temperature may also affect the reactor stability when
there is an impurity in the feed stream. Figure 18 shows the
dynamics at different feed temperatures when the system is
subjected to a sudden impurity feed disturbance. If the feed
temperature is 120°C, the system will be unstable based on
the continuation diagram in Figure 10. The dynamic simula-
tion shows that a runaway reaction happens as a result of a
2-ppm acetylene disturbance. However, if the feed tempera-
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Figure 16. Continuation diagram of reactor temperature
vs. inlet temperature.

Steady-state reactor temperature is shown as a function of
inlet temperature with decomp reactions included. Two
kinds of initiators are used, DTBP and an equal-by-weight
mixture of DTBP and TBPA. The total initiator feed con-
centrations are optimized to maintain the same reactor
outlet temperature at 120°C inlet temperature.

2922

October 1996 Vol. 42, No. 10

500 J Pl L T T
' i Tin =121 degC o
450 | Tin=125deg C - |
E Tin = 130 deg G
G 400 - | —
3 {
2 350 | —
: '
: .’
=~ 300 | ] -
Sl
200 , ' | ' |
0 200 400 600 800 1000 1200
Time (SeC)

Figure 17. Influence of feed temperature disturbances.

The reactor is subjected to different feed temperature dis-
turbances. A disturbance of 1°C changes the reactor tem-
perature slightly, whereas disturbances of 5°C or 10°C
cause a runaway.

ture is lowered to 80°C, the system reaches a new steady state
with the 2-ppm acetylene disturbance. This indicates that a
reactor operating at lower inlet temperature can sustain a
higher impurity level.

Effects of controller

Reactor operating conditions can influence the reactor sta-
bility when subjected to a sudden feed impurity. It is typical,
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Figure 18. Influence of reactor feed temperature.

Reactors operating at two different feed temperatures are
subjected to feed acetylene disturbances. A reactor with a
low feed temperature can withstand a higher impurity level
than a similar reactor operating with a high inlet tempera-
ture.
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Figure 19. Effect of controller set points on the stability
of the reactor.

(a) The reactor with different set points is subjected to an
acetylene disturbance. (b) The responses of the manipu-
lated variable, initiator feed, to the acetylene disturbance.
The disturbance is a step increase of 1.5 ppm acetylene in
the feed, and the reactor is under P-control.

though, for these impurity disturbances to be attenuated by
appropriate controller action. Figure 19 shows the effect of
controller set points on the stability of the reactor subjected
to impurity disturbances. When the reactor is operated at low
temperature (220°C), the reactor can still achieve stable oper-
ation when there is a sudden impurity disturbance by lower-
ing the initiator feed concentration. However, at a higher
temperature set point (239°C), when the initiator feed is to-
tally shut off, there are still radicals generated; this causes a
reactor runaway.

Figure 20 shows the effect of the PI controller reset time,
7;, on the reactor stability when the reactor is suddenly sub-
jected to a 1.45-ppm acetylene disturbance in the feed stream.
At large reset time, the controller is able to reject the impu-
rity disturbance by lowering the initiator feed, and there is
very little temperature overshoot. However, at a low 7; value
(1.0 ), the controller takes very dramatic action and finally
causes a reactor runaway because the temperature becomes
high enough to cause substantial monomer decomposition.

Operating strategy

During LDPE production, it is often necessary to change
the reactor operating conditions to produce a different grade
polymer. The reactor stability may become an important is-
sue during this grade transition period since reactor tempera-
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Figure 20. Effect of controller time constants on the
stability of the reactor.

(a) Effect of reset time of the PI controller on reactor tem-
perature when the reactor is subjected to 1.47 ppm acet-
ylene disturbance. (b) The responses of the controller-
manipulated variable, initiator feed, to the acetylene dis-
turbance.

ture can significantly affect the polymer molecular structure
and subsequently the physical properties.

A typical grade transition could be as follows. First, the
reactor temperature is changed from the original 239°C to
220°C to produce a different polymer. After a certain pro-
duction period at 220°C, it is desirable to bring the reactor
temperature back to the original 239°C. This grade transition
policy is accomplished by changing the temperature set point.
There are different levels of impurity (acetylene) in the feed
stream. Figure 21 shows the trajectories of the set point and
reactor temperature dynamics as well as the controller-
manipulated variable with different impurity levels.

When the acetylene level is at 1.3 and 1.4 ppm (mass based),
the controller is able to track the desired grade transition
policy with more temperature overshoot at higher impurity
level (1.4 ppm). However, when the impurity level is at 1.44
ppm, the controller is able to bring the temperature down to
220°C by decreasing the initiator feed, but the reactor experi-
ences runaway when the set point is changed back to 239°C.
This situation happens because when operating at low tem-
perature, the initiator and impurity decompose much slower
and start to accumulate inside the reactor. Once the set point
is changed back to the higher value, this accumulated initia-
tor and impurity can suddenly decompose at a much higher
rate and generate a large amount of free radicals, which
pushes the temperature to an even higher level; at a high
enough temperature, the monomer starts to decompose sig-
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Figure 21. Effect of operating strategy.

(a) Effect of different setpoint temperature trajectories on
reactor runaway. The reactor is under P control. (b) The
responses of the manipulated variable, initiator feed, to the
acetylene disturbance.

nificantly and the runaway ensues. The manipulated-variable,
initiator feed, is totally shut off at the onset of runaway.
However, this is not heipful in stopping the runaway since
there is an ample amount of monomer to decompose.

Conclusions

A more general kinetic model is proposed for LDPE poly-
merization in an autoclave. This model not only includes the
standard initiation, propagation, and termination reactions
for polymerization, but it also has free radical reactions that
describe the decomposition of ethylene ultimately leading to
a runaway. A simplified ethylene decomposition kinetic
scheme is employed, and corresponding kinetics parameters
are determined from experimental observations. Dynamic
simulation of the model indicates runaway behavior for the
following conditions: excess initiator in feed, feed impurity,
feed temperature disturbance, controller failure, and poorly
tuned controller. Stability analysis indicates safe operating
limits for certain variables at typical conditions. This more
comprehensive model may be useful in the process design,
control, and optimization of LDPE autoclaves. The present
decomp model assumes the autoclave to be a perfectly mixed
reactor, which is one of the limitations, since for some LDPE
autoclave designs imperfect mixing exists. A subsequent arti-
cle will analyze decompositions in reactors with imperfect
mixing.
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Notation
¢, =total specific heat, cal-g~*-°C~
C, = centering factor of the generalized Arrhenius equation
C; = concentration of species j, mol/L
E, =activation energy of the generalized Arrhenius equation,
cal-mol ™!
f =initiator decomposition efficiencly
[I]=1initiator concentration, mol-L~
k 4 =initiator i decomposition rate constant, s~
k, =propagation rate constant, L-mol~'-s™!
k,. =termination by combination rate constant, L-mol~!:s™!
k,; =termination by disproportionation rate constant, L-
mol™!-s”
k., =spontaneous termination rate constant, L-mol ~'-s™!
k,, =total termination rate constant, L-mol *-s™!
k,, =termination by inhibition rate constant, L-mol~!-s™!
[M]=monomer concentration, mol-L™!
MW, =molecular weight of monomer i, g-mol™!
MW, = average molecular weight of copolymer, g- mol ™!
P =reactor pressure, atm
[ P]=polymer concentration, mol-L™!
Qo =outlet volumetric flow rate, cm3-s™~
[R]=free radical concentration, mol-L~!
R, =species i kinetic rate of change, mol-L™!.s7!
Ry, =kinetic rate of change of decomp product i, mol-L~!-s~"

1

1

3
[S1=solvent concentration, mol-L ™!
T =temperature, °C
Temp(in) =feed temperature, °C
V =volume of reaction mixture, cm?
V, =activation volume of the generalized Arrhenius equation,
cal/atm - mol
W =solvent weight fraction in the reaction mixture
Wp, =weight fraction of decomp product  in the reaction mix-
ture
X =inhibitor species
X, =fractional conversion of monomer to polymer

Greek letters

A Hyooomp =heat of ethylene decomposition, cal -mol ™’
AH,,, =heat of polymerization, cal-mol ™"
p, =species j density, g-cm?
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